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Abstract

Adsorption of CO2 from post-combustion flue gas is one of the leading candidates for globally-impactful carbon capture systems.
This work highlights opportunities and limitations of sub-ambient CO2 capture processes utilizing a multi-stage separation
process. A hybrid process design using a combination of pressure-driven separation of CO2 from flue gas followed by CO2-
rich product liquefaction to produce high purity (>99%) CO2 at pipeline conditions is considered. The economic viability of
applying pressure swing adsorption (PSA) processes using fiber sorbent contactors with internal heat management were found
to be most influenced by the productivity of the adsorption system. Three exemplar fiber sorbents (MIL-101(Cr), UiO-66, and
zeolite 13X) were considered for application in the sub-ambient process of PSA unit. MIL-101(Cr) and UiO-66 fiber composites
were estimated to have costs of capture as low as $61/tonne CO2.
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Introduction

The rising concentration of atmospheric CO2 serves as a contributor to changing climate patterns across
the globe.1 Indeed, since the industrial revolution, the concentration of CO2 in the atmosphere has nearly
doubled as a result of burning energy-dense carbon sources like coal, oil, and gasoline.2 A key challenge in
the coming years will be to find ways to curb the release of CO2 to the atmosphere.3 If it is economically
viable, capture of CO2 from point sources like coal-fired power plants has potential to be a crucial part
of the global transition to a carbon-constrained world.4 Materials advances in sorbents,5-9 solvents,10-13
and membranes14-17 over the past two decades have been a chief focus of research on CO2 capture from
coal flue gas. Moreover, new process designs and intensification techniques have been considered to reduce
the inherent energy consumption associated with these processes. Post-combustion CO2 is a challenging
separation as the separation system must contend with high volumetric flowrates of CO2-dilute flue gases
that are saturated with water and laden with acid gases.18,19Specifically, the flue gas derived from coal-fired
power plants contains water, oxygen, and trace acid gases (SOx and NOx), all of which must be considered
when engineering an effective CO2 capture system.20,21The challenges of both scale and composition must
be accounted for when considering different methods of separation.

These issues with scale lead to the commonly held opinion that for CO2 capture processes from dilute
point sources any form of pretreatment, whether adjusting temperature, pressure, or removal of additional
contaminants or water,22 will result in impractical economics.23,24 In this paper we will reexamine this
assumption. Inspired by the work of Hasse et al. and others, who proposed a sub-ambient membrane
process that required considerable flue gas pretreatment, the work discussed here focuses on the design
of pretreatment systems for any separation process that relies on pressure driving forces (in particular,
membranes and pressure swing adsorption).25-29 The critical consideration in any sub-ambient pressure-
driven CO2 capture process is the removal of heat from the feed. External refrigeration cycles have been
shown to be extremely expensive,30 so the main portion of what makes the process proposed by Hasse et al.
economically viable is their ability to run the sub-ambient process without the need for any external cooling
utility.

It is helpful to simplify the process we considered into two distinct sub-processes: one that provides cooling
through compression and expansion of flue gas components, and a second that produces the purified CO2
to pipeline specifications (see Figure 1). The expansion of the N2 product provides cooling to both the feed
after compression and the CO2 product stream, as shown in Figure 1. The expansion of the N2 product is
carried out on a stream that is already moderately cold through heat integration and removes the heat of
compression. This also allows for the cooling of the CO2 product prior to its liquefaction.

In this work, we consider the economic viability of sub-ambient pressure-driven separation of CO2 from coal-
fired flue gas. Upstream pretreatment systems are discussed in detail, including those used for removal of
water from the flue gas, compression of the flue gas, and cooling to the target conditions as well as downstream
systems used for energy recovery from waste streams, product liquefaction, and pipeline delivery. In addition,
sensitivity of the process energetics and economics to variation in these process variables are discussed.
The process framework’s viability is considered for the case of thermally-modulated fiber sorbents31-33 for
application in a pressure swing adsorption (PSA) process, mainly focusing on how separation performance
(productivity and purity) impacts the economics of post-combustion CO2 capture. Three exemplar thermally
modulated fiber sorbents (zeolite 13X and the MOFs UiO-66 and MIL-101(Cr)) are considered to provide
insight into the sorbent properties that are most desired for such a process configuration.

Figure 1. Simplified flowsheet describing the sub-ambient CO2 capture process. Blue and purple arrows
indicate N2-rich and CO2-rich products of separation. Red arrows indicate the flow of heat. The gold box
refers to a N2-enriched Open Refrigeration Cycle. The navy box shows the CO2 separation and purifica-
tion. Compressors and expanders are shown as one stage for clarity, and possible boiler feedwater (BFW)
integration is noted to be supplemented with cooling water.

Methods
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A process model was created in Aspen Plus. Examples of the overall flowsheet are shown in Figure 2, and
Figures S1 and S2. The Volume Translated Peng-Robinson equation of state (VTPR) property set was used
throughout the CO2 capture process, while the International Association for the Properties of Water and
Steam 1995 (IAPWS-95) property set was used to model the generation of BFW preheater steam using
available heat from the pulverized coal power cycle. DOE Case 11a from Cost and Performance Baseline for
Fossil Energy Plants Volume 1 34 for post-combustion CO2 capture from a supercritical pulverized coal power
plant was used as a model baseline for the CO2 product feed. For this analysis, the flue gas composition was
simplified to only include CO2, N2, and H2O. The ~1% other contaminants (O2 and Ar) were not considered
in the analysis and were grouped in with N2. The expected inlet composition and conditions of the flue gas
acting as the inlet to the process are in Table S1 stream 1. The final conditioned CO2 is delivered at pipeline
conditions (35 degC and 120 bar).

Within the process model several assumptions were made, which are outlined in more detail in the Supporting
Information. Pressure drops through heat exchangers in this preliminary analysis were taken as 0.1 bar, while
the pressure drops through the pressure driven separation unit (membrane or adsorbent) was taken as 0.2
bar. The adsorbent drier bed, pressure-driven separation unit, and the downstream vacuum pump were
assumed to operate isothermally. The vacuum pump was modeled as a compressor followed by a heater to
simulate the operation of an actual isothermal vacuum pump, as Aspen Plus does not have a built-in vacuum
pump model. System compressors and expanders acting on the feed and N2 rich product were assumed axial
compressors operating at a 90% polytropic efficiency sharing a common driveshaft. The volumetric flow rates
of flue gas entering the system are on the scale where axial compressors would be viable, and polytropic
efficiencies ranging from 88-92% are typical for these systems.35The vacuum pump, liquefaction compressor,
and recycle pressure changer (compressor or turbine depending on the required pressure change) were not
in the required size range for axial compressors, so centrifugal compressors were considered instead.

Capital costs for all major equipment were estimated using common cost estimation tools, discussed in
further detail in the Supporting Information S2.1. A five year equipment lifetime was taken as basis, and
an escalation factor of two was employed to adjust for installation cost. The coal plant was expected to be
operational 350 days a year, with an 85% capacity factor. A levelized cost of electricity of $0.04/kWh was
used to estimate the energy cost for calculating the total cost per tonne of captured CO2. Cost estimation
of composite fiber sorbent module construction is outlined in the Supporting Information S2.2 for MOF and
zeolite fiber sorbents containing microencapsulated phase change materials for local heat management.

Sorbent Performance Estimation

Adsorption equilibrium information is a fundamental resource to evaluate the performance of sorbent candi-
dates for application at process scale.36 We estimated CO2 and N2 single-component adsorption isotherms
by Grand Canonical Monte Carlo (GCMC) simulations37,38 in UiO-66 and MIL-101(Cr). This technique
has been extensively used to estimate the adsorption properties of CO2 and similar species in a range of
porous sorbent materials.39-44GCMC simulations were carried out at a range of operating conditions for
which we performed design calculations, i.e., sub-ambient temperatures ranging from 213 to 273 K. The
details of molecular modeling are provided in the Supporting Information S4.1.1. We then employed Ideal
Adsorbed Solution Theory (IAST)45 to predict the bulk 0.14:0.86 CO2:N2 mixture adsorption equilibrium.
IAST predicts the mixture equilibrium from single-component adsorption isotherms under the assumption
that an ideal solution is formed by the adsorbed phase.46-48 H2O was not considered in mixture equilibrium
assuming only a trace amount remains in a feed into the separation unit after pretreatment of the flue gas.
The mixture isotherms were used to estimate sorbent performance via the full-order model outlined below for
fiber sorbents with heat management. For zeolite 13X, we applied the extended dual-site Langmuir (DSL)
model reported by Haghpanah et al.19(Table S10) for CO2:N2 mixture equilibrium evaluation.

A fixed-bed packed with thermally-modulated fiber composites31,32 was used for modeling of a pressure
swing adsorption (PSA) cycle. A complete account of details describing this model can be found in Rubiera
Landa et al49 and the Supplemental Information S4.1.2. The cycle employed for the VPSA process consists
of four steps: 1. light product pressurization, 2. adsorption, 3. co-current blowdown, and 4. counter
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current evacuation. To compute Pareto frontiers efficiently the VPSA-cycle simulation is treated as a black-
box and the multi-objective optimization algorithm ‘Surrogate Optimization of Computationally Expensive
Multiobjective Problems’ (SOCEMO), developed by Muller50 was implemented in Matlab.51 This optimizer
allows computation of Pareto frontiers at a fraction of the computational cost required for other commonly
applied genetic algorithms.52 The Pareto frontier values (purity, recovery, system operating conditions) were
integrated into the Aspen Plus process model to simulate performance of different adsorbent and cycle design
choices.19

Results and Discussion

Sub-ambient CO2 Capture via Heat Integrated Multi-stage Separa-
tion

Hybrid separations like the one considered here have a variety of operating conditions that may be varied to
boost the performance of the separation. Operating a PSA or membrane system at higher pressures, lower
levels of vacuum, or different temperatures can have wide ranging effects on performance. This discussion
focuses on the direct effects of changing these parameters on the economics and energetics of the process
assuming the separation performance is held constant. The overall process flowsheet is first described in
some detail, after which, the sensitivity of the CO2 capture process energetics are discussed in detail as they
relate to four important operating conditions: 1. primary separator high pressure condition, 2. primary
separator vacuum condition, 3. primary separator temperature, and 4. liquefaction pressure. The first three
variables play a major role in the size and performance of the primary separator. The liquefaction pressure is
the key parameter controlling the system temperature profile when overall system recovery is held constant.

Flowsheet Description

The overall process shown in Figure 2 can be considered in four subsections: 1. gas treatment and energy
recovery, 2. sub-ambient heat exchange, 3. pressure driven CO2 separation, and 4. product liquefaction.
Figure 2 shows one exemplar separation process which could be utilized, a VPSA unit. A second version
of this flowsheet is reported in Figure S1 for process configurations where the liquefaction pressure exceeds
the separator operating pressure. In that configuration, one of the compressors (COMP4) is replaced with
a turboexpander (TURB3) and its feed is passed through the sub-ambient heat exchanger network prior to
expansion. The complete flow sheet including all unit operations for the case shown in Figure 2 is given in
Figure S2, with its accompanying stream table reported in Table S1. Specific values discussed throughout
this section come from this flowsheet and accompanying stream tables.

An important feature of this design is the fact that it enables steady-state operation, including the secondary
liquefaction-based separation without the need for any external cooling utility beyond cooling water. This is
similar to the Linde cryogenic distillation case for air separations53-57 in this process, mechanical compression
and expansion provide the cooling for the process and sufficient driving force to enable the separation.
Variation of process conditions to enable a reasonable minimum temperature approach and those subsequent
effects on energetics and economics are considered in the following discussion.

Gas Treatment and Energy Recovery

The flue gas treatment and energy recovery section of the flowsheet performs on water removal and compres-
sion of the flue gas and expansion of the N2-enriched product of the separator. Ideally, these expansion and
compression systems will share a joint driveshaft to reduce mechanical efficiency losses. The compression
of the flue gas feed to the target condition is carried out via two-stage compression, with pressure ratios
between 3 and 5. Multiple intercoolers are used to make the compression more efficient while also providing
boiler feed-water (BFW) preheating for the plant. Further discussion of BFW integration can be found in
the Supporting Information S1.2. Using just the first stage of compression, the heat for the first three boiler
feed-water preheaters is provided as modeled in comparison to DOE Base Case 11a.34 Cooling water can
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then be used to cool the feed gas. The compressed gas can be further cooled between compression stages
using excess low quality (> 0 degC) cooling available from the product and byproduct gas. Following the
second compression stage, the gas is cooled to 2 degC to further dehydrate the gas prior to the complete
drying necessary to enter the sub-ambient heat exchange system.

Figure 2. Simplified process flow diagram for a sub-ambient hybrid CO2 capture process using pressure
swing adsorption and product liquefaction. Intermediate heat exchangers on the primary compression train
using cooling water are not included for the sake of simplicity. A direct contact chiller (DCC), utilizing plant
cooling water is used for preliminary water removal. Blue lines in the sub-ambient heat exchanger network
indicate streams that are being cooled, while red lines are those being heated.

Power Recovery

As noted above, compression of the feed and subsequent expansion of the high-pressure N2 byproduct enables
the cooling process. The process is therefore highly reliant on the ability to recover the maximum allowable
energy via the expansion of this byproduct. In the base case considered, the energy demand for compression
is 298.5 MW, a very significant parasitic load. With the inclusion of gas expansion that number is reduced
to 207.1 MW. The compression work required is the dominant contribution to the parasitic energy demand
on the coal plant. The energy required for the drying of the feed stream and the cooling throughout the
process is provided through Joule-Thomson cooling and heat integration, allowing for no additional external
energy requirement for the process outside of compression and pumping.

The flowsheet in Figure 2 employs five compressors (two upstream for flue gas, three downstream for liq-
uefaction, recycle, and reaching pipeline pressure specifications respectively), and two expanders (acting
on the N2 enriched product). The downstream compressors (COMP3, COMP4, and COMP5), along with
the vacuum pump and the liquid CO2 pump have no path for power recovery. Combined, they make up
approximately 63.6 MW (21.3%) of the electrical demand of the process in the base case. The remaining
143.5 MW of energy is the balance of the compression work that could not be recovered via expansion of
the N2 product. Thus in the base case, ~39% of the work for compression of the flue gas was recovered via
expansion.

5
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Flue Gas Drying

The drying of flue gas for post-combustion CO2 capture process incurs high energy demands and is thus
often considered impractical.22-24 If flue gas can be dried, however, the options available for CO2 capture
broaden considerably. In our process, flue gas drying is carried out in three stages, first using cooling water
from the plant, then taking advantage of Joule-Thomson cooling from the sub-ambient process, and finally,
an adsorbent dryer bed. We expect the water from the first two drying stages to be recovered and sent to
a cooling tower where it can be returned to the desired conditions. We assume that cooling water at 30oC
is used to remove the water before compression through the application of a direct contact chiller (DCC).
The removal of as much water as possible before compression decreases the total volume of gas that must
be compressed, which ultimately reduces the volume of gas to be compressed by ~10%. Removal of water
is also vital when using axial compressors, as the condensation of water inside the compressor may damage
the airfoils.

Importantly, the sub-ambient process we considered integrates water removal with feed compression and
cooling via boiler feed water preheating. This decreases the cost of dehydration that would otherwise be
expected if the equivalent energy needed to come from an external source. After the direct contact chiller,
compression, and cooling the mole fraction of water in the flue gas stream is estimated in the Aspen model
to be ~0.5%, as shown in Table S1. After the flue gas has been compressed to the target pressure, it is
cooled to 2oC using available cold N2 enriched products as mentioned previously. This additional cooling
followed by a knock out decanter results in 528 ppm residual water left in the stream to be removed via
the adsorbent. With such a low concentration of water in the flue gas, it is assumed an adsorption dryer
will remain essentially isothermal during drying. If the heat integration was unavailable, the economic and
energy penalty of the drying would be associated with the cost of drying 10-12 times as much water. Upon
completion of its expansion to near atmospheric pressure, the N2-rich product stream is used as a dry sweep
gas for the regeneration of the dryer bed and then sent to the stack.

Sub-Ambient Heat Exchange

Extensive heat integration throughout the process is critical to avoid an expensive external refrigeration
utility. The compression of the flue gas upstream is primarily responsible for the process’ ability to operate
at a steady state with no external refrigeration, as conceptualized in Figure 1. The more the flue gas is
compressed, the more high-quality heat removal becomes available from the multistage expansion of the N2
rich byproduct. The base case considers two-stage expansion to produce the required heat removal so the
N2-rich product passes through the heat exchanger network three times as seen in Figure 2. This expansion-
cooling train is responsible for the majority of the following steps: cooling the inlet gas entering the dryer
unit, knocking out additional water, cooling the inlet gas to the separation unit, cooling the compressed CO2
enriched product after recompression to the liquefaction condition, and liquefying the CO2 enriched product.
In all cases considered, the minimum temperature approach of the process heat balance was determined by
the combination of the primary separation final purity and recovery and the liquefaction temperature and
pressure. All cases discussed in the following discussion had a fixed recovery of 92% in the primary separation
system to enable an overall system recovery of 90%.

Pressure Driven CO2 Separation

The primary separation for the process is performed by a pressure difference driven separation unit (mem-
brane or PSA) that pre-purifies at high recovery the flue gas to a CO2 rich stream ( >65% CO2 Purity, >92%
CO2 recovery) that is then recovered at vacuum pressures (membrane permeate or PSA vacuum product)
to be sent to liquefaction. The minimum recovery of the primary separator was selected such that overall
system recovery with the liquefaction step and recycle 90% overall system recovery consistently, as required
by US DOE standards. This requirement for process recovery was enforced through all analysis discussed
herein. The CO2-rich product from the separator is sent to the liquefaction process, which further purifies it
to pipeline specification purities. The N2-rich product, remaining at the high-pressure condition (as the re-

6



P
os

te
d

on
A

ut
ho

re
a

3
Ja

n
20

21
|T

he
co

py
ri

gh
t

ho
ld

er
is

th
e

au
th

or
/f

un
de

r.
A

ll
ri

gh
ts

re
se

rv
ed

.
N

o
re

us
e

w
it

ho
ut

pe
rm

is
si

on
.

|h
tt

ps
:/

/d
oi

.o
rg

/1
0.

22
54

1/
au

.1
60

97
06

59
.9

24
51

45
8/

v1
|T

hi
s

a
pr

ep
ri

nt
an

d
ha

s
no

t
be

en
pe

er
re

vi
ew

ed
.

D
at

a
m

ay
be

pr
el

im
in

ar
y.

tentate of a membrane process or the high-pressure products of PSA) is sent to the heat and energy recovery
system described previously.

Product Liquefaction

Hybrid CO2 capture processes that perform the CO2 purification in multiple stages have shown promise as
a way to overcome the limitations of existing adsorbent or membrane materials.17,23,58,59 While the baseline
model assumes the primary separation unit can produce 95% pure CO2 at 92% recovery, installation of a
liquefaction column when the cooling is available may prove desirable to open up the selection of materials
that may not otherwise be able to reach the final target conditions. The proposed process uses a CO2
liquefaction column primarily to allow for more flexible decision making with materials and process design
in the first separator.

Figure S3 shows the overall heat balance for the sub-ambient CO2 capture process at one baseline condition.
For the sake of clarity, the cooling water used in the process is not shown. In the base case, the minimum
temperature approach (5 °C) occurs at the bubble point (TB) liquefaction column. With 16 bar compression,
this case resulted in an excess warming requirement of >21 MW in the 12-48 °C range. In this analysis, that
excess warming of the product N2 stream is unused and thus is vented to the environment via the stack.

Sensitivity of Operating Conditions

Four important operating conditions that will affect material selection and performance were identified: the
primary separator feed pressure, the primary separator vacuum pressure, the primary separator operating
temperature, and the liquefaction pressure. Exploring the effects of varying these process parameters gives
insight into the desired properties of the separation unit as well as performance tradeoffs that exist. The effects
of the primary separator performance when operating conditions are held constant are discussed in detail
in following section (Sub-ambient Pressure Swing Adsorption for CO2Capture). Since the pressure driven
separation could be achieved with either a membrane or adsorption system, discussion of the economics of
the primary separator itself is carried out separately.

The sensitivity of these four process conditions was examined with the other three held constant at the
baseline levels listed in Table 1. Heat balance of the plant and pinch analysis were not optimized in this
analysis except for the baseline case, as these considerations are best meant for optimization cases requiring
knowledge regarding the specific separation modality. The effects of purity as it related to the cost of the
separation unit are discussed in more detail in later discussions but are also considered for all of these
variables as well in S3 of the Supporting Information. In cases where the purity had a non-linear interaction
with other variables on the energetics or economics, such effects are also discussed herein. Table 1 also gives
the relevant performance parameters of the primary separator.

Table 1. Base case parameters used in the sensitivity analysis

Base Case Condition Value

Separator Operating Pressure 16 bar
Operating Temperature -30 °C
Separator Vacuum Pressure 0.2 bar
Liquefaction Column Pressure 14 bar
Separator CO2 Product Purity 95%
Separator CO2 Recovery 92%
System CO2 Recovery 90%

Primary Separator Feed Pressure

The level of flue gas compression before the separation affects two main performance metrics. First and
most importantly, higher compression requires more energy. Figure 3a shows the relationship between
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compression and process energy requirement (kWh/tonneCO2) on the capture process. As more compression
is required from the process, the compressors become larger and require more energy, resulting an expected
increase in energy cost per tonne of CO2. The trend, normalized to the baseline power requirement of
403.1 kWh/tonneCO2, appears fairly linear, which may be expected. However, depending on the separation
process and materials, additional compression may allow for a more effective separation (higher CO2 purity,
recovery, and productivity/fluxes) at the cost of this additional energy demand but an ultimately lower cost
of CO2 capture.

Increases in the required compression also necessitate an increase in the size of three of the four compressors
in the system resulting in a higher capital cost (Figure S9). This cost may be partially offset with the size
reduction of other system components, like piping, whose size is in part determined by the volumetric flow
rate; this is not accounted for in this preliminary cost study. Compression is a vital part of the ability of
the process to operate without an external cooling utility, as previously discussed. Beyond a certain level of
compression, the amount of cooling available via Joule-Thomson cooling cannot provide the required heat
removal. In this scenario, there is no simple way to adjust the process design (e.g., changing the expander
pressure ratio will not allow for more cooling to become available) to provide more cooling to the process.
While we do not observe this in cases where the operating pressure is 6 bar or above it is conceivable such
situations may arise.

Primary Separator Operating Temperature

Figure 3b shows the effect of decreasing the operating temperature of the separator on the overall energy
demand of the process. As the operating temperature decreases the overall system energy requirements
decrease, while the total amount of heat removal required increases. This increase in required cooling
ultimately does not impact the energy demand of the process on the plant due to the significant levels
of heat integration and recovery. Across all separation system temperatures considered we estimated that
there was at least 18.5 MW of excess heat removal capabilities available at low qualities (-5 to 30°C). The
decrease in energy instead is due to a slight reduction in the required energy of the liquefaction compressor
(in COMP3 in Figure 2) as the compressor receives a lower temperature inlet gas. The economic analysis for
the process shows a similarly small reduction in the cost of capture with lower temperatures, where the cost
of the additional heat exchanger area is offset almost entirely by the reduction in monetized energy demand
on the plant (Figures S10 and S11).

Primary Separator Vacuum Pressure

The vacuum pressure used to recover the CO2-rich product leaving the separator was varied from 0.05 to 0.3
bar. With these moderate levels of vacuum we assumed a vacuum efficiency of 0.8 for an isothermal vacuum
pump. Since the vacuum pump is somewhat isolated from the rest of the process, a variation of the vacuum
pressure results follows a logarithmic profile with respect to energy as shown in Figure 3c. The lower the
purity at the designated recovery, the more the volume of gas that needs to be removed via the vacuum,
resulting in higher cost (see Figure S12).

Liquefaction Pressure

From an electrical energy and cost perspective, there is a moderate effect on increasing the liquefaction
pressure, as shown in Figure 3d and Figure S13a, respectively. This increase is primarily due to the increase
in the size of the compressor used for liquefaction. The increase is slightly reduced as the liquefaction pressure
approaches the separator operating pressure due to the necessity for less work in the recycle compressor. The
primary effect of the choice of liquefaction pressure is on the temperature the liquefaction column requires
for the 90% CO2 recovery condition set as a requirement for the process. These temperature effects across a
wide range of separation performance (purity) conditions, are given in Figure S13c. This choice, therefore,
has considerable effects on the design of the final heat exchanger network, as well as the ability of the plant
to utilize the process’ available heat removal with a reasonable temperature approach.

8
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Sub-ambient Pressure Swing Adsorption for CO2Capture

As the economics of a membrane-based process have already been considered in some detail in the work
of Hasse et al,26,27 it is interesting to explore the performance of a PSA separation in the sub-ambient
capture process. A simple four-step cycle for heavy-product recovery (pressurization, feed, blowdown, and
evacuation) was considered for baseline performance. For preliminary analysis of the economics of CO2
capture, we assumed a 2-bed system with a 360 s cycle time (180 s on pressurization and feed, 180 s on
blowdown and evacuation), and PSA productivity of 0.0138 molCO2 kgsorb

-1sec-1.

Figure 3. Effects on overall energy demand for CO2 capture (kWh/tonneCO2 normalized, where base case
is 403.1 kWh/tonneCO2) and other relevant process conditions while varying (a) separator feed pressure,
(b) separator operating temperature (blue: net heat removal process requirements), (c) separator vacuum
pressure, and (d) liquefaction pressure (blue: minimum temperature of liquefaction column). All variations
are with respect to the base case listed in Table 1.

Two significant physical phenomena must be considered when considering operating a PSA system for this
process, the heat of adsorption and the pressure drop. Structured sorbent contactors can help address the
challenges associated with these phenomena. Structured contactors can reduce pressure drop greatly32,60

and also fully manage or at least limit thermal effects in the bed.31-33,61 Using a fiber morphology, similar
to those used in membranes, but with the polymer skeleton filled with sorbent particles, we can accomplish
the same sorts of very low pressure drops experienced in hollow fiber membranes.32,60 To manage the heat
of adsorption, which can be significant in high productivity beds with high operating capacities, the fiber
sorbent bed can also incorporate microencapsulated phase change materials (μPCM).31 While fiber sorbent
contactors have not yet been used industrially, their manufacturing process mimics that of both textile fibers
and fiber membranes, so it is reasonable to expect their transition to application in adsorptive separations
is feasible if they bring significant advantages.

The cost of fiber sorbent contactors containing phase change materials has not previously been considered in
detail. Fiber beds were estimated to be made up of a multitude of individual fibers (diameter 650 μm, length 1
m). The weight ratio of phase change material to sorbent was taken at 1.25:1.The cost of the fibers was broken

9
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down into three parts, the price of the sorbent (base case economics take this value as $30/kg), the price
of μPCM ($10/kg, based on an estimate from an industrial manufacturer), and the cost of the manufacture
of the fibers and fixing them in flow modules ($20/m2 fiber external surface area). The manufacturing cost
was estimated from the price of industrial hollow fiber membranes, which are also produced using dry-jet
wet-quench techniques. Figure 4 shows the estimated breakdown in the cost of manufacturing the PSA unit
containing fibers with phase change materials for our baseline case as a function of sorbent price. Across
all considered sorbent costs, the price of manufacturing the fibers and potting them in modules dominates.
Even in cases where the sorbent price is high ($100/kg), the device manufacturing costs rather than the
material costs still make up the majority of the total cost. The effects of fiber diameter, the relative loading
of phase change materials and sorbent loading on the overall cost of the separator is discussed in greater
detail in S2.2 of the Supporting Information.

Hosted file

image3.emf available at https://authorea.com/users/386891/articles/502288-analysis-of-

energetics-and-economics-of-sub-ambient-hybrid-post-combustion-co2-capture

Figure 4. Cost breakdown of PSA fiber module manufacturing for a MOF-μPCM-polymer fiber sorbent
module with 75 wt. % solids loading and a 1:1.25 mass ratio of MOF:μPCM at varying cost of the sorbent.

Using the idealized cycle design (360 s cycle time) we estimated the cost of CO2 capture using a sub-ambient
sorbent for a wide range of sorbent productivities and CO2 purities leaving the PSA unit. Figure 5 shows the
effect of sorbent productivity and product CO2 purity on the overall cost of capture. The cost of capture is
significantly less sensitive to sorbent productivity at productivities greater than 0.015 mol kg-1 s-1. Around
this value the cost of the PSA unit is less than 25% of the total capital cost so the capital cost is dominated
by the energy demand of the process and the other capital equipment.

An interesting implication of Figure 5 is that varying the rich product purity from the PSA unit leads to
only minor variation in the total cost of CO2 capture. Reducing the CO2 rich product purity from the PSA
unit to values from 85% to 75% CO2 showed a $1.00-$1.20/tonne CO2increase in total capture cost. This
change stems from an increase in the size and energy requirement of the liquefaction system for the reduced
purity case. Reducing the purity also leads to increased energy demand due to a reduction in the amount of
expansion energy that can be recaptured. This analysis can offer some insights into the economic tradeoffs of
slight improvements in productivity at the cost of purity. As an example for a situation where two theoretical
adsorbents are considered, a PSA operating with one sorbent may give PSA purity of 95% and productivities
of 6.66×10-3 mol kg-1 sec-1 with a resulting cost of capture of $88/tonne CO2. A second adsorbent, one which
could only produce 75% purity would only achieve a similar cost of capture with productivities about 1.25
times higher (8.33×10-3 mol kg-1sec-1) to have a similar overall cost of capture.

Hosted file

image4.emf available at https://authorea.com/users/386891/articles/502288-analysis-of-

energetics-and-economics-of-sub-ambient-hybrid-post-combustion-co2-capture

Figure 5. The effect of sorbent productivity (molCO2 kgsorb
-1sec-1) on the overall cost of capture at baseline

operating conditions (Table 1) with (black) 95%, (red) 85% and (blue) 75% CO2 purity resulting from the
PSA unit. Cost of capture approaches $47.12 asymptotically with respect to increasing productivity.

Sub-ambient Fiber Sorbent PSA

Analysis of the PSA separation process thus far has focused on the effects of a single parameter in the
CO2 capture process. This analysis can help guide decisions when considering a particular sorbent. But to
better understand the process more broadly, it is imperative to understand how changing multiple variables
simultaneously effects the process simultaneously. The separation performance of three sorbent materials
was considered.
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UiO-66 and MIL-101(Cr) are two MOFs that show some promise for sub-ambient CO2 capture.36,41 Both
materials are stable in liquid water, which is a prerequisite for their spinning into heat managed fiber sorbent
structures. In addition, both materials have shown the ability to be scaled up to the 10-1000 g batch scale.62

The use of UiO-66 as a sorbent for sub-ambient CO2 capture has been briefly discussed elsewhere, where
an operating capacity of 4 mmol/g at 243 K was shown.31 While MIL-101(Cr)’s sub-ambient performance
has not been reported, its crystalline structure with very large pores (1.4 and 2.2 nm)63 meets a material
selection criteria as suggested elsewhere41 that makes it promising for having high working capacity. Enabling
these sorts of high working capacities is expected to be one of the key benefits to this sub-ambient process,
enabling the very high productivities shown to be highly desirable in Figure 5.

UiO-66 has been spun into fiber sorbents previously31,64 while MIL-101(Cr) shows promise for such spinning,
with its good aqueous and chemical stability.65 Proof of concept sorbent spinning with microencapsulated
phase change material, μPCM, was carried out with UiO-66 sorbents previously,31 and the methods applied
should be easily generalizable to other solid sorbent systems.

The performance of these two MOF sorbents and zeolite 13X, a common sorbent considered for post-
combustion CO2 capture via PSA23,66,67, for a sub-ambient PSA was investigated using dynamic process
simulations. To confirm the necessity of the downstream liquefaction, this was first carried out at feed con-
ditions consistent with a process without downstream liquefaction and recycle (14:86 CO2:N2). The Pareto
frontiers calculated for these materials at two temperatures (273 K and 298 K for 13X, and 243 K and 273
K for the MOFs) are reported in Figure S15 with the corresponding process and fiber parameters are re-
ported in Tables S15-S20. None of the sorbents considered were capable of reaching the performance goal of
95% purity and 90% recovery without liquefaction, so a hybrid system including liquefaction as a secondary
purification step appears to be necessary for these sorbents.

Zeolite 13X (Figure S15) showed superior performance at 298 K than at 273 K. The results at 273 K were
unable to reach the required CO2 product recovery for the PSA of 92% to enable the required overall system
CO2 recovery of 90%, making this material undesirable for the sub-ambient PSA process. It is worth noting
that at 298 K condition the productivities of the thermally managed 13X fiber sorbent PSA are expected to
be 6-7 times higher than that of comparable pellet based systems.19,66,68 With this performance improvement
in mind, the flowsheet discussed throughout the prior sections of the manuscript was reconfigured to enable
an ambient PSA process while still allowing for the removal of water and liquefaction of the CO2 rich product
via Joule-Thompson expansion. The relevant flowsheet and preliminary economic estimates for the best-case
scenario are reported in the Supporting Information (S4.4). Stated briefly, zeolite 13X fiber sorbents with
thermal modulation operating at 298 K appears to be economically competitive with the sub-ambient MOF
fiber sorbents, showing somewhat higher cost of capture of ˜$71/tonne CO2. We leave more in depth analysis
of this alternative approach to ambient, elevated pressure CO2 capture to future considerations, as the object
of this work has been to understand the possibilities and limitations of the sub-ambient approach. Still, the
preliminary analysis in the Supporting Information leads us to believe there is potential in the application
of Joule-Thompson cooling combined with water removal, CO2 liquefaction, and PSA processes operating
at ambient temperatures and elevated pressures.

Economics of Sub-ambient MOF Fiber Sorbents

Having established that liquefaction is required to reach the target delivery purity with the MOF sorbents
we considered, the Pareto frontiers were recomputed using a 17:83 CO2:N2 mixture to simulate the inlet to
the PSA unit when liquefaction and recycle are employed. The complete Pareto front is given in Figures
6 and S16 with all PSA operating conditions and fiber morphology parameters provided in Tables S21 and
S22. An inset in Figure 6 shows the points with >65% purity and 92% recovery. MIL-101(Cr) shows a
slightly more desirable Pareto frontier than UiO-66. Both sorbents have a clear tradeoff between the purity
and recovery of the sub-ambient PSA unit. Ten separate PSA conditions, five for each sorbent, were used
as case studies in the process model discussed. These conditions are indicated in Figure 6 as starred points
and their operating conditions, performance, and fiber compositions are listed in Table 2. For each case, the
temperature, PSA pressure, PSA vacuum condition, and the PSA product purity and recovery were used

11
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as conditions within the process model. The heat exchanger system was then optimized to include a 5 °C
temperature approach by varying the liquefaction column pressure. The compressor prior to liquefaction was
always kept as a single-stage, which in cases where the pressure ratio exceeded 10 may prove unrealistic and
undesirable. In cases where the liquefaction pressure was greater than the PSA operating pressure, the same
flowsheet adjustments were made as those described previously. The Temperature-Enthalpy(T-H) diagrams
for each of the cases considered are given in Section S4.3 of the Supporting Information.

It is worth noting in Table 2 that both UiO-66 and MIL-101(Cr) show productivities exceeding 0.015 mol
kg-1sec-1, which based on previous discussion should lead to reasonable costs. In all 10 cases considered, the
optimizer yielded a result close to the specified lower bound value of the vacuum level for the PSA unit. This
suggests there may be room for improvement in the performance of these fiber sorbents if the PSA process
could be operated economically at even lower vacuum levels.

Figure 6. Optimized purity-recovery Pareto frontiers for UiO-66 (blue) and MIL-101(Cr) (green) fiber
sorbents for sub-ambient PSA operation at 243 K. The inset shows points within the desired range of purity
and recovery. Starred points (with identical color schemes) indicate conditions used in separate case studies.

Table 2. Operating conditions, performance, and fiber compositions used in case studies with pressures in
bar and productivity in mol kg-1 s-1.

U1 U2 U3 U4 U5 M1 M2 M3 M4 M5

PSA Operating Pressure PSA Operating Pressure 12.68 14.05 12.68 15.45 12.49 20.19 18.22 20.22 18.22 12.21
PSA Vacuum Pressure PSA Vacuum Pressure 0.10 0.10 0.10 0.12 0.11 0.10 0.10 0.10 0.10 0.10
% Recovery % Recovery 92.12 94.80 96.70 97.51 99.08 93.00 93.00 97.00 98.00 99.00
% Purity % Purity 86.95 83.77 79.12 75.93 69.80 93.00 89.00 87.00 81.00 74.00
Productivity Productivity 0.0194 0.0175 0.0160 0.0149 0.0127 0.0327 0.0252 0.0274 0.0204 0.0170
Fiber MOF wt% Fiber MOF wt% 36.8 40.0 37.7 40.0 38.2 32.4 34.7 32.2 34.7 30.9
Fiber uPCM wt% Fiber uPCM wt% 38.2 35.0 37.3 35.0 36.8 42.6 40.3 42.8 40.3 44.1

12
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Figure 7a shows the cost of capture as a function of the recovery of the PSA unit for the two MOF sorbents.
Cost as a function of other PSA performance parameters (productivity, purity) are shown in Figure S17.
There is a clear positive correlation between the recovery of the system and the cost of the CO2 capture
system. As the recovery goes up so too does the size of the downstream liquefaction and recycle systems.
This effect is primarily driven by the amount of gas which has to be compressed during liquefaction but it
is also impacted by the CO2 purity from the liquefaction column since higher recoveries are often associated
with lower purities.

Figure 7b shows the cost ($/tonneCO2) comparison for the five MIL-101(Cr) sorbent cases, with each case’s
cost broken down into its constituent costs (capital and energy). As the recovery increases and the purity
decreases, the energy, rotating equipment, and PSA units’ costs all increase significantly. The increase in
energy and rotating equipment cost mainly comes from the increased amount of gas in the liquefaction
process, which drives up the size and energy demand of COMP3. In case M5, the energy demand of that
single compressor is greater than the amount of energy produced by the base case plant. The increase in
PSA cost relates both to recovery and productivity. With increasing recovery more CO2 must be captured
by the PSA, along with slight increases in the amount of CO2 held up in the recycling of the system. Cases
M4 and M5 also suffer from 20-30% reductions in PSA productivity as compared to the lower recovery cases,
which will also play a role in the increased price of the PSA unit. A similar analysis on UiO-66 sorbent cases
is provided in Figure S18.

As a typical case, the simplified flowsheet for Case M1 is given in Figure 8. The flue gas enters the system
and passes through the direct contact chiller, where 97.4% of water is removed, reducing the concentration
of water in the stream to 0.47%. The partially dehumidified gas is then passed through a series of two
compressors with intercoolers, where it reaches a target pressure of 20.49 bar. The stream is further cooled
down to 2 °C in the sub-ambient heat exchanger network, where additional water is also removed. This high
pressure feed (1) at 20.29 bar contains only 437.6 ppm H2O, which is removed in an adsorbent dryer. Leaving
the adsorbent dryer, the now bone dry flue gas with composition 14.65% CO2 and 85.35% N2 is mixed with
the cold recycle (6) which is 81.5% CO2. This mix (2), a CO2 enriched feed of 18.9% CO2, is then cooled to
the -30°C operating condition of the PSA, entering the system at 20.19 bar.

The N2-rich product in Figure 8 (stream 3), still at a high pressure condition of 19.99 bar, is then cooled and
expanded repeatedly, generating streams at temperatures as low as -93 °C, while also recovering 97 MW of
energy. The CO2 enriched product is recovered at 0.103 bar vacuum pressure with a concentration of CO2

of 93.4%. From the vacuum pump it is recompressed to a moderate 12.5 bar pressure before being sent back
to the sub-ambient heat exchange network as the feed to the liquefaction column. Operating at -40.4 °C, the
top stream from the liquefaction column is recompressed from the 12.5 bar liquefaction pressure to 20.29
bar where the cold recycle (stream 6) enriches the feed. The liquid CO2 product (stream 7), now 99.6%
CO2, is pumped to the feed condition of the 5th stage of the multistage compression (63.4 bar) and heated
to provide heat removal to the rest of the system from -38 °C to 35 °C. It can then be compressed to the
pipeline condition of 152.7 bar, where it can be transported to storage or sequestration.
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Figure 7. (a) Cost of CO2 capture of 8 different cases studied (case M1-4) MIL-101(Cr), green circles,
(Case U1-U4) UiO-66, navy triangles as compared to CO2recovery of the PSA unit. Cases M5 and U5 were
not included to make the figure clear. (b) Cost of capture for the five MIL-101(Cr) cases, broken down into
capital and energy costs.

Considering sorbents on the whole for this sub-ambient PSA process, it appears that the main room for
improvement will come about by increasing the purity of the CO2 product from the PSA without sacrificing
recovery and still showing productivities exceeding 0.015 mol kg-1 s-1. This goal may be reached in a variety
of ways, including sorbent design/selection or an improved PSA cycle design. Increasing the selectivity of the
sorbent while not sacrificing too much of its capacity for CO2at sub-ambient conditions would drive the Pareto
frontier in Figure 6 to more desirable conditions. Sorbents which could reach the desired purities, recoveries,
and productivities shown for MIL-101(Cr) and UiO-66, but not requiring as low a vacuum condition would
also be able to drive down the cost. The PSA cycle considered here did not consider any pressure equalization
between beds. The inclusion of this feature and similar degrees of freedom for the PSA cycle design may
result in further improvements in PSA performance.

Figure 8. Simplified flow diagram for Case M1. Selected streams are labelled with circled numbers are
discussed further in the text.

Conclusions

A framework for CO2 capture utilizing extensive flue gas pretreatment and CO2 post-treatment focusing
on sub-ambient operating temperatures and elevated operating pressures with a post-separation liquefaction
column has been considered. As expected, the most significant effect on the performance of the capture
system energetics and economics (not accounting for the separation unit) comes from the compression of
the flue gas and the efficiencies of the rotating equipment. Pressure swing adsorption (PSA) processes show
promise for the first separator in the system, as the cost of the PSA unit tends to be controlled primarily by
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.

the productivity of the PSA system, and operating at sub-ambient conditions may enable significantly higher
productivity with appropriate sorbent selection. The addition of the liquefaction column downstream of the
PSA unit allows for sorbents and operating conditions to be considered that would otherwise be eliminated
on account of their inability to reach the purities required by pipeline specification.

Structured contactors are an important option for the management of pressure drop and thermal effects,
which would otherwise adversely affect performance of the PSA unit. Sorbents considered for traditional
CO2 capture via PSA at room temperature such as zeolite 13X may be used in this process, although in the
case of 13X performance is actually reduced when operating at sub-ambient conditions. Two MOF sorbents,
MIL-101(Cr) and UiO-66, were considered for application as thermally managed fibers in the sub-ambient
PSA and showed costs of capture as low as $61/tonneCO2. The tradeoff between PSA product purity and
recovery proved to be the key economic parameter of the system once high productivities were reached, as the
downstream liquefaction process becomes costly from a capital and energy perspective when high recoveries
are combined with low purities.

Our analysis shows there are viable paths to sub-ambient hybrid CO2 capture processes, but high CO2capture
productivities (>0.015 mol kg-1s-1 at >75% CO2 purity and 92% CO2 recovery) are required to make the
sub-ambient hybrid separation process economically competitive with other alternatives. Our models of sub-
ambient PSA shows that sorbent materials with the potential to show enhanced capacities at the desired
high-pressure and low-temperature conditions would show the most improvement, while sorbents like zeolite
13X, which shows more potential at traditional operating conditions, may prove incapable of reaching the
require purities and recoveries within the bounds of feasible vacuum levels.
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