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Abstract: An industrial-scale internal loop airlift reactor is used to remove volatile

gas from high-viscosity molten sulfur. The effects of the superficial gas velocity and

reactor  height  on  the  hydrodynamic  characteristics  were  studied.  The gas  holdup,

average bubble diameter, and liquid circulation velocity in the reactor under different

conditions  were  analyzed  using  computational  fluid  dynamics  simulation.  The

superficial gas velocity was varied from 0.0056 m/s to 0.05 m/s at a constant reactor

height of 15 m. The total reactor height was varied from 5 m to 25 m at a superficial

gas velocity of 0.0389 m/s. As the superficial gas velocity increased, the gas holdup

increased and the bubble diameter did not change significantly. When the superficial

gas velocity exceeded 0.333 m/s, the growth rate of the  liquid circulation velocity

decreased.  As  the  reactor  height  increased,  the  gas  holdup  did  not  change

significantly,  the  liquid  circulation  velocity increased,  and  the  bubble  diameter

increased. However, the bubble diameter decreased at a reactor height of 25 m. Based

on the correlation between the gas holdup and liquid circulation velocity proposed by



Chisti (1988), an optimized correlation between the gas holdup and liquid circulation

velocity was developed by considering  the  influence  of  the  bubble  diameter.  The

results obtained using the proposed correlation were compared with those obtained

using the Chisti correlation and simulation.

Keywords: Internal loop airlift reactor; molten sulfur; CFD simulation; gas holdup;

bubble diameter; liquid circulation velocity

Introduction

The Claus process is the most widely used technology for the treatment of hydrogen

sulfide,  which  is  found in  raw natural  gas  and  byproduct  gases  derived from oil

refineries. This process is responsible for approximately 90–95% of elemental sulfur

production [1]. However, one of the main challenges in elemental sulfur production is

the dissolution of hydrogen sulfide into molten sulfur, followed by its gradual escape

into  the  surrounding environment  [2].  Currently,  aeration  or  agitation  is  the  most

commonly used method of removing hydrogen sulfide from molten sulfur in China.

Air  stripping  and  injected  oxygen  components  contribute  to  the  separation  of

dissolved hydrogen sulfide from molten sulfur. A suitable flow field of molten sulfur

facilitates gas–liquid mass transfer. However, agitation involves rotating equipment

with  a  complex  structure,  which  is  not  suitable  for  long-term operation.  Thus,  a

passive mixture reactor has been proposed. 

An aeration airlift reactor exhibits liquid circulation and a gas upflow pattern, which

provides good mass transfer performance and mixing performance. The airlift reactor



consists of an upward zone and a downcomer. Pressurized air in the form of dispersed

bubbles  enters  the upward zone through the gas distribution device located at  the

lower  part  of  the  airlift  zone.  The  mixing  density  in  the  upward  zone  decreases

because of gas entrainment. Thus, the liquid in the downcomer exhibits a continuous

downward trend. The liquid flows upward in the upward zone and downward in the

downcomer to form a liquid circulation pattern in the entire reactor. 

The aeration airlift reactor is a suitable for the removal of dissolved hydrogen sulfide

from molten sulfur. The hydrodynamics of the airlift reactor affect the degassing for

molten sulfur  treatment.  However,  there are  few studies on the hydrodynamics  of

aeration airlift reactors with the industrial-scale physical properties of molten sulfur.

In this study, the air bubble diameter, gas holdup, and liquid circulation velocity were

studied  through computational  fluid  dynamics  (CFD) and  mathematical  modeling.

The schematic of the airlift reactor is shown in Fig. 1.

The  outer  column  of  the  airlift  reactor  had  an  inner  diameter  of  1600  mm,  and

different heights of the column were considered. The inner diameter of the concentric

draft tube was 1150 mm. Elliptical heads with  a short axis length of 400 mm were

placed at both ends of the outer column. Nine gas injection pipes were inserted into

the riser. The detailed parameters of the airlift reactor are shown in Table 1. 



Fig. 1 Schematic of internal loop airlift reactor

Table 1 Parameters of airlift reactor

D1 D2 D3 D4 H1 H2 H3 H4 H5

mm mm mm mm mm mm mm mm mm

1600 1150 200 50 600 200 150 400 100

Mathematical modeling

Mathematical  modeling  provides  correlations  for  hydrodynamic  parameters.  Chisti

and Moo-Yong developed a predictive model for the liquid circulation velocity using

the energy balance principle. In their model,  energy is input through the isothermal

expansion of rising gas bubbles and the kinetic energy of gas sparging [3]. Energy is

dissipated via wall friction, the friction and drag forces when the fluid reverses at the



top and bottom zones, bubble wake dissipation, and energy consumption for resisting

the  buoyancy  of  bubbles.  The  model  provides  a  simplified  correlation  to

simultaneously predict the superficial liquid velocity and void fraction in a riser using

an iterative  procedure  [4].  The results  obtained using  this  correlation  show better

agreement  with  measurements,  as  compared  with  the  results  obtained  using  the

correlations proposed by Bello et al. and Choi et al. [5]. 

(1)

(2)

(3)

(4)

Only the physically relevant root of the polynomial was used. A steady-state value of

 was obtained. For the reactor discussed in this work, the value of  was 11.7. 

The  Chisti  correlation  proposed  a  correlation  that  considered  the  circulation  of

bubbles  in  downcomer  and  does  not  consider  the  bubble  diameter.  The  proposed

correlation was based on the following assumptions: (1) The bubble diameter varied

with the gas flow rate. (2) There was a gas volume fraction in the downflow region.



(3) There were no radial gradients of velocity and density in the liquid and gas phases.

(4)  The  density  of  the  gas  phase  was  constant. (5)  The  bubble  diameter  was

independent  of  the  reactor  height.  Generally,  liquid  viscosity  and  surface  tension

decrease as temperature increases. This leads to smaller maximum stable and average

bubble diameters and a narrower bubble diameter distribution [6]. (6) The gas holdup

was independent of the local height. (7) The conditions in the reactor were isothermal.

It  should be noted that the temperature of the reactor  was maintained as constant

because of the cooling by the heat exchanger and the heating of water vapor.

An improved correlation considering the bubble size is necessary which is the aim of

our  work.  The two well-known correlations  for  the  bubble  diameter  proposed by

Akita et al. and Wilkinson et al. are given by equations (5) and (6), respectively. The

correlation proposed by Wilkinson et al. is applicable for a large-diameter pipe with

large sparger openings, and it accurately predicts the Sauter mean diameter because it

considers gas density  [7]. Therefore, this correlation is adopted to assess the bubble

diameter [8]. 

(5)

(6)

According to the two-phase drift flux model derived by Zuber and Findlay [9], the gas

velocity in the downcomer can be expressed as follows:



                             (7)

where is  the  distribution  parameter  that  accounts  for  radial  nonuniformity.

According to [10], the value of is 1.065. 

According to Gao et al., the gas holdup in an airlift reactor is expressed as follows

[11]: 

(8)

It should be noted that the calculated  is composed of two parts [12]: one for gas

injection, i.e.,  , and the other for the downcomer,  .

Thus,  the  gas  velocity  in  the  downcomer  can  be  determined using  the  continuity

equation: 

(9)

Jamialahmadi  proposed new correlations to predict the terminal velocity of bubbles

over a wide range of gas and liquid properties [13]. These correlations are suitable for

high temperatures [14]. 

(10)



(11)

(12)

CFD modeling

In this study, the  model was adopted for the simulation because it exhibits better

stability, simplicity, and fast convergence [15]. It includes the additional equation for

the Reynolds stress and the transport equation  for the turbulent kinetic energy and

dissipation rate  [16]. The model is suitable for flows with complex secondary flow

characteristics  [17]. The standard   equation is used considering the physics of

the flow and precision. The following equations are solved for transport:

(13)

(14)

where  is turbulent viscosity, which is defined as follows:



                            (15)

Table 2 Values used in the k–ε model

Constant

Value 0.09 1.44 1.92 1.2 1.0 1.3

The two-fluid Euler–Euler model  [18,  19] is  used to solve  the equations for each

phase. Adiabatic flow is considered; thus, the continuity and momentum equations for

both phases are employed. 

(16)

(17)

 represents the volume fraction of phase .  is the gravitational acceleration. 

and  are the laminar and turbulent stress tensors, respectively.  represents the

momentum exchanges between the phases. 



The interfacial momentum forces in Eq. (17) account for the interactions between the

continuous and dispersed phases. 

The drag, lift, and turbulent dispersion forces are the important interfacial forces for

gas–liquid flows under the Euler–Euler approach.

 is considered as the drag per unit volume, which is represented by the following

equation:

 (18)

where  represents the gas volume fraction and  is the diameter of a bubble. Ishii

and  Zuber  [20] proposed  several  correlations  for  the  drag  coefficient,  ,  of

individual bubbles for distinct Reynolds number regions. These correlations are as

follows: 

(19)

(20)

(21)

where the Reynolds and Eötvös numbers of the bubbles are defined as

(22)



(23)

Finally, the flow regime is selected as follows:

 (24)

Let  represent the number density of bubbles with size  at time t. Then, the

population balance model is used to describe the coalescence and breakup of bubbles,

which is given by [21]

                 (25) 

where  represents the birth rate due to the coalescence of small bubbles,  is the

birth rate due to the breakup of large bubbles,  is the death rate due to coalescence

with  other  bubbles,  and   represents  the  death  rate  due  to  breakup  into  small

bubbles.

These rates can be expressed as [22]

                               (26)

                   (27)



                   (28)

                        (29)

where   and   represent  the  specific  breakup  and  coalescence  rates,

respectively. Then, the  population balance equation is discretized into different size

groups. Let  represent the number density of size group .

                      (30)

The  size  distribution  is  discretized  into  a  predefined  set  of  size  groups.  The

discretization is controlled by user-defined diameters, and the diameters are converted

to  masses  using  the  reference  density.  Equal-diameter  discretization  is  used  for

creating size groups. The diameter of group i is calculated as

                    (31)

                       (32)

The relationship between the diameter and mass of a particular group is given by

                         (33)

The bubble breakup rate in terms of mass can be obtained as



      (34)

where  is  the  size  ratio  between  an  eddy  and  a  particle  in  the  inertial

subrange. Consequently, .  = 0.923 and  = 2.0 are determined from

the  fundamental  consideration  of  the  breakup  of  drops  or  bubbles  in  turbulent

dispersion systems. The latter is adopted in this study.

Prince and Blanch [23] proposed the following correlation to express the coalescence

rate in terms of mass: 

                      (35)

where  is the contact time for two bubbles, which is given by .  is

the  time  required  for  two  bubbles  with  diameters   and   to  coalesce.  is

estimated to be  [24]. Equivalent diameter  is calculated



according to the correlation proposed by Chesters and Hoffman: .

For air–water systems, Prince and Blanch experimentally determined the initial film

thickness,  , and the critical film thickness,  , at which rupture occurred as  

and m, respectively. The turbulent velocity, ut
, in the inertial subrange of isotropic

turbulence is given by                  

                    (36)

The  equal-diameter  model  was  used  for  the  size  group  distribution.  The  bubble

diameter ranged from 0.5 mm to 25 mm. The ‘‘velocity inlet’’ boundary conditions

were used at the gas sparger and the ‘‘opening outlet’’ conditions at the outlet. The

inlet  velocity  was  maintained  such  that  the  superficial  gas  velocity  ranged  from

0.0056 m/s to 0.05 m/s. The entire computational domain was divided into more than

two million unstructured  hexahedral  cells.  Table 3 shows the number of  cells  for

various reactor sizes. Simulation demonstrated that the solution was independent of

the mesh size. The transient gas–liquid flow simulation method was used, and the

time step was set as 5 × 10-4–3 × 10-2 s. Simulation showed that the results were not

sensitive to the time step within this range. Therefore, the time step was set as 2 × 10-2

s. Initially, the reactor was filled with the liquid. More than 104 steps were required to

achieve convergence for each case. The liquid density and gas density were 1090 kg/



m³ and 20 kg/m³, respectively. The liquid viscosity was 0.18 Pa﹒s, which corresponded

to an actual temperature of 160 °C. 

Table 3 Number of cells for different heights of the airlift reactor

Reactor height 5 m 10 m 15 m 20 m 25 m

Number of
cells

2060468 2152327 2276425 2441658 2658137

Hydrodynamic parameters

To investigate the local hydrodynamic parameters, the riser was divided into six equal

parts, each with height , starting from the top of , as shown in Fig. 1. Therefore,

seven cross sections along the riser were obtained. The bottom cross section was the

first cross section. 

The liquid circulation velocity in the airlift  reactor mainly originates from the gas

holdup difference between the riser and downcomer. 

The contours of the gas holdup, liquid axial velocity, and bubble diameter were used

to illustrate the hydrodynamics. The influence of  the total height of the reactor,  ,

and  the  superficial  gas  velocity,  ,  due  to  gas  injection  on  the

hydrodynamics was discussed.

Results and discussion



Gas holdup

We define the area-averaged value of the gas holdup at a cross section of the riser as

. The total gas holdup is defined as the  volume-averaged gas holdup in the riser

zone. 

Fig.  2  shows  the  contours  of  the  gas  holdup  in  the  riser  at  different  superficial

velocities  and  a  total  reactor  height  of  15  m.  The  gas  holdup  increases  with  the

superficial gas velocity. The gas holdup at the center of the riser is larger than that on

the sidewalls of the riser. The gas holdup in the downcomer region is smaller than that

in the riser. 

Fig. 3 shows the gas holdup distribution at different total heights of the reactor and a

superficial gas velocity of 0.0389 m/s. The gas holdup exhibits  similar distributions

for different total heights. 



Fig. 2 Gas holdup distribution at different superficial gas velocities and total reactor height

of 15 m

Fig. 3 Gas holdup distribution at different total reactor heights and superficial gas velocity

of 0.0389 m/s

The gas is enriched at the top region of the downcomer, and the bottom region of the

downcomer contains a negligible amount of the gas. This is in agreement  with flow

regime  II  according  to  Heijnen  et  al.  [25].  The  bubble-enriched  zone  in  the

downcomer in the reactor with a height of 5 m is smaller than that in the reactor with

a height of 25 m. The displacement of the bubbles in the downcomer tends to increase

with the total reactor height. 



Fig. 4 Area-averaged gas holdup at different cross sections for various superficial gas

velocities and total reactor height of 15 m

Fig. 5 Area-averaged gas holdup at different cross sections for various total reactor heights



and superficial gas velocity of 0.0389 m/s

Fig. 4 shows the area-averaged gas holdup at the cross sections (local heights) of the

riser at different superficial gas velocities and a total reactor height of 15 m. As the

local height increases, the area-averaged gas holdup first increases, then decreases,

and finally increases again.  The area-averaged gas holdup is almost constant in the

riser region between the second and sixth cross sections. 

Fig. 5 shows the area-averaged gas holdup at the cross sections (local heights) of the

riser at different total reactor heights and a superficial gas velocity of 0.0389 m/s. The

area-averaged gas holdup increases with the superficial gas velocity, and the trends of

the increase are similar for different total reactor heights. According to Fig. 4 and Fig.

5, the gas holdup is the lowest at the first cross section, which is close to the gas inlet.

This indicates the undeveloped multiphase flow at this location. 

Fig. 6 Total gas holdup in riser calculated from correlations and CFD simulation at different

superficial gas velocities



Fig. 7 Total gas holdup in riser calculated from correlations and CFD simulation at different

total reactor heights 

The comparison of the total gas holdup obtained using the Chisti correlation [26], the

correlation proposed in this study, and the CFD simulation results is shown in Fig. 6

and Fig. 7. Fig. 6 shows the results for different superficial gas velocities and a total

reactor  height  of  15  m.  The  total  gas  holdup  obtained  using  the  simulation  and

proposed correlation is lower and higher than that calculated by the Chisti correlation,

respectively.  Fig.  7  shows  the  results  for  different  total  reactor  heights  and  a

superficial  gas  velocity  of  0.0389  m/s.  The  total  gas  holdup  obtained  using  the

simulation  is  slightly  lower  than  that  obtained  using  the  two  correlations.  The

simulation results are consistent with the results of this work, and the overall fitting

results are satisfactory. 

Although  the  proposed  correlation  considers  the  bubble  diameter  to  enhance  the

reliability of the calculation results, it assumes that bubbles enter from the downcomer



into the riser at the bottom of the reactor. This is the reason that the value is larger.

The  proposed  correlation  may  be  more  suitable  for  other  gas–liquid  conditions

because  the  gas  holdup  is  also  affected  by  physical  parameters  and  operating

parameters,  such  as  liquid  viscosity [27],  liquid  surface  tension,  temperature,  and

pressure.

Liquid circulation velocity

The liquid circulation velocity is defined as the value of the superficial liquid velocity

in the riser. The liquid circulation velocity is an important hydrodynamic parameter of

the airlift reactor, and it is caused by the gas holdup difference between the riser and

downcomer. The liquid circulation velocity is related to the axial liquid velocity and

gas holdup in the riser,  as follows:  ,  where   is the axial  liquid

velocity and  is the gas holdup.



Fig. 8 Axial liquid velocity distribution at different superficial gas velocities and total reactor

height of 15 m

Fig. 9 Axial liquid velocity distribution at different total reactor heights and superficial gas

velocity of 0.0389 m/s

Fig.  8  shows the  contours  of  the  axial  liquid  velocity  at  different  superficial  gas

velocities and a total reactor height of 15 m. The axial liquid velocity increases with

the  superficial gas velocity.  The growth rate of the axial  liquid velocity decreases

when the superficial gas velocity is larger than 0.0333 m/s. Fig. 9 shows the contours

of  the  axial  liquid  velocity  at  different  total  reactor  heights  and a  superficial gas

velocity  of  0.0389  m/s.  The  axial  liquid  velocity  increases  with  the  total  reactor

height. This is because as the total reactor height increases, the hydrostatic pressure

increases, and consequently, the pressure difference between the riser and downcomer

increases. This results in an increase in the liquid circulation velocity.

When the superficial gas velocity increases, the liquid circulation velocity gradually



increases when the gas holdup is high; this has been reported by previous studies [28-

31].  This  is  because  the  displacement  of  the  bubbles  in  the  downcomer  tends  to

increase  with  the  superficial  gas  velocity.  As  seen  from  Fig.  2,  the  gas  holdup

difference between the riser and downcomer decreases as the superficial gas velocity

increases. Finally, the growth rate of the liquid circulation velocity decreases as the

superficial gas velocity increases. 

Fig. 10 Liquid circulation velocity calculated from correlations and CFD simulation at

different superficial gas velocities



Fig. 11 Liquid circulation velocity calculated from correlations and CFD simulation at

different total reactor heights

The  comparison  of  the  liquid  circulation  velocity  obtained  using  the  Chisti

correlation, proposed correlation, and simulation is shown in Fig. 10 and Fig. 11. Fig.

10 shows the results for different superficial gas velocities and a total reactor height of

15 m.  When the  superficial gas velocity  is  lower than 0.0389 m/s,  the simulation

results are larger than the results obtained using the two correlations. 

Fig.  11  shows the  results  for  different  total  reactor  heights  and a  superficial gas

velocity  of  0.0389  m/s.  The  results  obtained  using  the  Chisti  correlation  fit  the

simulation results well,  and the results obtained using the proposed correlation are

slightly  larger  than  the  simulation  results.  The  results  obtained  using  the  two

correlations exhibit the same variation trends. When the total reactor height is less

than 10 m and more than 15 m, the simulation results are larger and smaller than the

results obtained using the two correlations, respectively. 



Bubble diameter

Fig. 12 Average bubble diameter distribution at different superficial gas velocities and total

reactor height of 15 m

Fig. 13 Average bubble diameter distribution at different total reactor heights and

superficial gas velocity of 0.0389 m/s



The equilibrium value  of  the  average  bubble  diameter  is  determined by the  local

hydrodynamic conditions. The well-known correlation for the bubble diameter is as

follows [32, 33]

                                  (37)

The bubble diameter distribution is an important parameter of hydrodynamics, which

depends on the coalescence and breakup of bubbles [34]. Fig. 12 shows the average

bubble diameter distribution in the riser for different superficial gas velocities and a

total reactor height of 15 m. The bubble diameter gradually increases from the bottom

to  the  top  of  the  reactor,  and  the  large  bubbles  in  the  downcomer  are  mainly

concentrated  at  the  top.  The  bubble  diameter  at  the  middle  and  bottom  of  the

downcomer  is  smaller  than  that  in  the  riser. Fig.  13 shows  the  average  bubble

diameter distribution in the riser for different total reactor heights and a superficial gas

velocity  of  0.0389 m/s. As  the  total  reactor  height  increases,  the  average  bubble

diameter gradually increases up to a height of 20 m and decreases when the height is

25 m. 



Fig. 14 Average bubble diameter at different cross sections at various superficial gas

velocities and total reactor height of 15 m

Fig. 15 Average bubble diameter at different cross sections at various total reactor heights



and superficial gas velocity of 0.0389 m/s

 

Fig. 16 Turbulent eddy dissipation at different cross sections at various total reactor heights

and superficial gas velocity of 0.0389 m/s

The average bubble diameter at different cross sections was analyzed to investigate

the change in the average bubble diameter along the axial direction of the reactor. Fig.

14  shows  the  average  bubble  diameter  at  different  cross  sections  for  various



superficial  gas  velocities  and a  total  reactor  height  of  15 m.  The average  bubble

diameter gradually increases from 10 mm to 22 mm from the first to seventh cross

section. The growth rate of the bubble diameter gradually decreases with the local

height, and the growth rate from the first to third section is high. When the superficial

gas  velocity  is  0.0056 m/s,  the  average  bubble  diameter  from the  second section

onwards is  lower than that  at  other superficial  gas velocities.  The average bubble

diameter does not increase significantly when the superficial gas velocity is more than

0.0222 m/s. 

Fig. 15 shows the average bubble diameter at different cross sections for various

total reactor heights and a superficial gas velocity of 0.0389 m/s. The average bubble

diameter  increases  with  the  local  height  up  to  a  total  reactor  height  of  20  m.  In

addition,  the  growth  rate  of  the  bubble  diameter  from  the  first  to  third  section

increases with the total reactor height. At total reactor heights of 20 m and 25 m, the

bubble diameter decreases from the fifth and third section onwards, respectively. This

is investigated on the basis of the turbulent dissipation in each section. Fig. 16 shows

the  turbulent  eddy  dissipation  at  different  cross  sections  for  various  total  reactor

heights and a superficial gas velocity of 0.0389 m/s. When the gas holdup is constant,

the bubble diameter has a negative correlation with turbulent dissipation. Here, the

unstable top and bottom sections are not considered. When the total reactor height is

25 m, the turbulent dissipation significantly increases from the third section onwards.

This is an important reason for the decrease in the average bubble diameter.



Conclusion

The hydrodynamic characteristics of an industrial-scale internal loop airlift reactor are

studied  based  on  a  molten  sulfur  system  with  high  viscosity  using  the  three-

dimensional  transient  Euler  multiphase-flow standard  k–ε  model  coupled  with  the

population balance model.  An optimized correlation for the gas holdup and  liquid

circulation velocity is proposed; the correlation considers the influence of the bubble

diameter.  The effects  of  the  superficial  gas velocity  and reactor  height  on  the  gas

holdup, liquid circulation velocity, and average bubble diameter are examined. The

CFD  simulation  results  are  compared  with  the  results  obtained  using  the  Chisti

correlation and proposed correlation.

At a total reactor height of 15 m, the gas holdups in the riser and downcomer increase

with the superficial  gas velocity. The  liquid circulation velocity increases with the

superficial gas velocity. The growth rate  of the  liquid circulation velocity decreases

along with the superficial gas velocity when the superficial gas velocity is larger than

critical value. The average bubble diameter slightly increases with the superficial gas

velocity.  When  the  superficial  gas  velocity  is  more  than  0.0333  m/s,  the  bubble

diameter decreases in the upper part of the reactor. The reason for this is as follows:

As  the  superficial  gas  velocity  increases,  the  turbulence  degree  of  the  reactor

increases,  the  maximum  stable  bubble  diameter  decreases,  and  thus, the  average

bubble diameter decreases [35, 36]. A few studies have shown that the average bubble

diameter slightly increases with the superficial gas velocity [37]. There is a maximum

stable bubble diameter at a critical value of the superficial gas velocity. When the



superficial gas velocity is less than the critical value, the average bubble diameter

slightly increases with the superficial gas velocity. However, when the superficial gas

velocity is more than the critical value, severe bubble breakup occurs and the average

bubble diameter decreases.

When  the  superficial  gas  velocity  is  0.0389  m/s,  as  the  total  reactor  height

increases from 5 m to 25 m, there is no evident change in the gas holdup, but the

number  of  bubbles  in  the  downcomer  increases.  The  liquid  circulation  velocity

increases  with  the  total  reactor  height.  In  addition,  it  is  affected  the  gas  holdup

difference between the riser and downcomer and the hydrostatic pressure of the liquid

column. The average bubble diameter increases with the total reactor height, and it

decreases when the total reactor height reaches a critical value. When the total reactor

height  and superficial  gas  velocity  are  large,  turbulent  dissipation  is  an important

factor that affects the bubble diameter.

The optimized correlation appears to be reasonable compared with the Chisti

correlation  and  simulation.  In  addition,  the  more  information,  such  as  bubble

diameter, was improved well.

In terms of the prediction of the gas holdup and liquid circulation velocity, the

CFD simulation results are slightly different from the results obtained using the Chisti

correlation  and proposed correlation.  However,  the  overall  comparison  results  are

acceptable. The application of the Chisti correlation is limited to the cases in which

the maximum height of the reactor is  8.5 m (external loop airlift  reactor)  and the

maximum diameter  of the riser  is  0.407 m. The CFD simulation provide detailed



information  about  the  hydrodynamics, which  is  beneficial  for  evaluating  the  two

correlations.  The  results  obtained  using  both  correlations  agree  with  the  CFD

simulation  results.  This  work  has  a  positive  influence  on  the  fundamentals  of

designing aeration airlift reactors. 



Notations

Ab free area for liquid flow between the riser and downcomer, m2

Ad cross-sectional area of the downcomer, m2

Ar cross-sectional area of the riser, m2

BB birth rate due to break-up

BC birth rate due to coalescence

C break-up model constant

Cd distribution parameter

CD drag coefficient

C1 ε model parameter in turbulent energy dissipation equation

C2 ε model parameter in turbulent energy dissipation equation

C3 ε model parameter in turbulent energy dissipation equation

Cμ constant parameter in k–ε model

c f coefficient of surface area

DB death rate due to break-up

DC death rate due to coalescence

Dr riser diameter, m

d B Sauter mean diameter, m

db diameter of the bubble, m

deq bubble equivalent diameter, m

f friction factor

Gk production of turbulent kinetic energy, kg·m-1s-3



g gravitational acceleration, m·s-2

hD gas-liquid dispersion height, m

h f critical film thickness, m

ho initial film thickness, m

K B frictional loss coefficient (bottom) 

k turbulence kinetic energy, m2·s-2

QG,∈¿ ¿ inlet gas flow rate, m3·s-1

ℜb bubble Reynolds number

r (M i ,M j

)

break-up rate in terms of mass

Sk source terms

t ij time for two bubbles to coalesce, s

Ub bubble terminal velocity, m·s-1

UGr superficial gas velocity (riser), m·s-1

U Lr superficial liquid velocity (riser), m·s-1

UGd superficial gas velocity (downcomer), m·s-1

U Ld superficial liquid velocity (downcomer), m·s-1

u velocity, m·s-1

u⃗L

u⃗G

local liquid phase velocity, m·s-1

local gas phase velocity, m·s-1

V Lr liquid axial velocity, m·s-1

α g gas volume fraction

β break-up kernel constant



ε turbulence kinetic energy dissipation

ε r gas holdup (riser)

ε d gas holdup (downcomer)

μ Viscosity, Pa·s

μL liquid phase dynamic viscosity, Pa·s

μT turbulence viscosity

ξ size ratio between an eddy and a particle

ρ density, kg·m-3

ρG gas phase density, kg·m-3

ρL liquid phase density, kg·m-3

σ surface tension, N/m

σ k constant in k-ε model

σ ε constant in k-ε model

τ
laminar stress tensors

τℜ

turbulent stress tensors

τ ij contact time for two bubbles, s
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